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CHAPTER One 

INTRODUCTION 

The great development that has happened in the chemical and petroleum industries 

has led to the use of modern and complex equipment and devices. The chemical 

reactor of both types; fixed and fluidized bed is the most important part of the 

production process, in these days the chemical and petroleum industries use 

catalytic reactors over a wide range, the modern design of  these reactors has led to 

some difficulties in control and make the process contains a large set of variables 

that must be tuned for a successful operation technically and economically, to 

reach this goal experiments have to be carried out to obtain the optimum values of 

these variables and the best way to do this is through mathematical models. 

Building a correct mathematical model with the help of simulation software will 

makes it easy to get a perfect process. 

The objectives of this research work are to study the modeling, simulation, and 

optimization, of industrial fixed and fluidized bed reactors for gas phase solid 

catalytic reactions. In this regard two very important reaction systems, production 

of ammonia and methanol, are studied. 

Ammonia is mainly used in the production of liquid fertilizer solutions which 

consist of ammonia, ammonium nitrate, and urea and aqua ammonia. It is also used 

in the manufacture of nitric acid, neutralizing the acid, several areas of water and 

wastewater treatment, stack emission control systems, industrial refrigeration 

systems, rubber industry, pulp and paper industry, food and beverage industry, 

leather industry, and other uses 
1
. 

The annual production of methanol exceeds 40 million tons and continues to grow 

by 4% per year 
2
. Methanol has traditionally been used as feed for production of a 

range of chemicals including acetic acid and formaldehyde. In recent years 

methanol has also been used for other markets such as production of DME (Di-
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methyl-ether) and olefins by the so-called methanol-to-olefins process (MTO) or as 

blend stock for motor fuels
3
. 

The features of these processes reactions are: 

– Reversible. 

– Exothermic. 

– Held in fixed bed reactors. 

Fixed bed reactors provide effective gas-solid contacting but, they have some 

problems: 

– Possibility of channeling that could lead to: 

• Poor heat transfer 

• Poor conversion 

• Harm to the catalyst because of hot spots 

– sudden surges of flow may disturb the bed 

Fluidized beds provide: 

– Temperature uniformity 

–  Good heat transfer 

– Transportability of rapidly decaying catalyst between reacting and 

regenerating sections. 

As in any design, the fluidized bed reactor does have it draw-backs, which any 

reactor designer must take into consideration.
6 

– Increased Reactor Vessel Size: Because of the expansion of the bed materials.
 

– Pumping Requirements and Pressure Drop. 

– Particle Entrainment: The high gas velocities present often result in fine 

particles becoming entrained in the fluid. These captured particles are then 

carried out of the reactor with the fluid, where they must be separated.  

– Erosion of Internal Components: The fluid-like behavior of the fine solid 

particles within the bed eventually results in the wear of the reactor vessel.  
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1.1 Mathematical model building 

Building a mathematical model for gas-solid reactive systems depends to large 

degree on the physical and chemical laws govern the processes taking place within 

the system boundaries
4
. For example the diffusion mechanism and rates of 

diffusion of reacting species to the neighborhood of active centers (or active sites) 

of reaction, and the chemi-sorption of the reacting species on these active sites for 

non-porous pellets, while for porous pellets it also includes the diffusion of 

reactants through the pores of the catalyst pellets, the mechanism and kinetic rates 

of the reaction of these species, the desorption of products and the diffusion of 

products away from the reaction center. It also includes the thermodynamic 

limitations, and also includes heat production and absorption as well as heat 

transfer rates
5
. 

1.2 The advantages of mathematical models in design
4 

1. It gives more precise and optimal design of industrial units. 

2. It allows the investigation of new more effective designs. 

3. It can be used for simulation of the performance of existing units to ensure 

their smooth operation. 

4. It is usable for the optimization of the performance of existing units and 

compensation for external disturbances in order to always keep the unit 

working at its optimum conditions. 

5. Dynamic models are used in the design of control loops for different 

industrial units to compensate for the dynamic effects associated with 

external disturbances. 

6. Dynamic models are also used for stabilization of the desirable unstable 

steady state by designing the necessary stabilizing control. 

7. It is utilized in the organization and rationalization of safety considerations. 

8. It is extremely useful for training purposes. 
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9. It provides an excellent guide regarding environmental impact and 

protection. 

1.3 Steps of model building 

The procedure for the development of a mathematical model can be summarized in 

the following steps
4
: 

1. Identification of the system configuration, its environment and the manner of 

interaction between them. 

2. Suggestion of the necessary justifiable simplifying assumptions. 

3. Identification of the relevant state variables that describe the system. 

4. Identification of the process happening within the boundaries of the system. 

5. Determination of the laws governing the rates of the processes in terms of 

the state variables. 

6. Identification of the input variables acting on the system. 

7. Formulation of the model equations based on the principles of mass, energy, 

and momentum balances. 

8. Development of the necessary algorithms for the solution of the model 

equations. 

9. Validation of the model against experimental results to insure its reliability 

and to re-evaluate the simplifying assumptions which may result in imposing 

new simplifying assumptions or relaxing others. 

1.4 Aims and Objectives 

1. To build mathematical models describing the Ammonia and Methanol 

processes on both fixed and fluidized bed reactors. 

2. To study the effect of the operation conditions on the performance according 

to the built models. 
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The organization of the dissertation is outlined below. 

In chapter two literatures is reviewed for the different models of fixed and 

fluidized bed reactors, and the industrial fixed bed reactors used in producing 

ammonia and methanol which will be modeled and simulated in later chapters. 

Chapter three involve building the mathematical models of ammonia and methanol 

synthesis in industrial fixed bed reactor descried in chapter two, also mathematical 

model in fluidized bed reactor are proposed. In chapter four the descripted models 

are solved and the results are listed and compared with the industrial data to 

validate the models, tests carried out to study the effect of different parameters on 

the performance of the reaction. 

In chapter five the four models are simulated using HYSYS and compared with the 

results of the models, finally conclusions and recommendations are discussed in 

chapter six.    
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CHAPTER Two 

LITERATURE REVIEW 

 

2.1 Modeling of Fixed Bed Catalytic Reactor 

Fixed bed catalytic reactors have a wide variety of configurations ranging from the 

single bed adiabatic configuration to the multi-tubular, non-adiabatic 

configurations with co-current or counter current cooling or heating 
6
. The 

configuration can sometimes be sophisticated where there are internal cooling 

tubes immersed into the catalyst bed as well as an external heat exchanger. In some 

cases the reactor may be quite simple with adiabatic single beds or multiple 

adiabatic beds in series. 

The catalyst bed as a system can be looked upon from a topological point of view 

and be considered as formed of subsystems: the catalyst pellets which are 

stationary and distributed along the length of the catalyst tubes (which can be 

considered as the second subsystem), and the flowing gases through the packed 

bed 
6
. 

In fixed bed catalytic reactors, the function of the system is to transform a raw 

material A to a product P. this transformation takes place according to a number of 

consecutive or parallel processes, these processes can be considered to be the 

elements (or subsystems) of the function of the catalyst bed system. This is 

equivalent to considering the function of transforming A to P to be an overall 

process and then distinguishing the steps which lead to the required transformation. 
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2.1.1 Types of Fixed Bed Reactor Models 

Catalytic gas-phase chemical reactions play an important role in chemical industry. 

Such reactions are carried out in a multi-tubular reactor, in which each tube is 

packed with a catalyst. Some of the main fixed bed catalytic processes are listed in 

Table 2.1 
7
. 

Table 2.1 Main fixed bed catalytic processes
 

Basic Chemical industry Petrochemical Industry Petroleum Refining 

Steam reforming Ethylene oxide Catalytic reforming 

Carbon monoxide conversion Carbon monoxide conversion Catalytic reforming 

Carbon monoxide 

methanation 

Ethylene dichloride Isomerization 

Ammonia synthesis Vinylacetate Polymerization 

Sulfuric acid synthesis Maleic anhydride Hydrodesulfurization 

Methanol synthesis Phthalic anhydride Hydrocraking 

0x0 synthesis Cyclohexane Catalytic reforming 

 Styrene  

 Hydrodealkylation  

 

Steady-State modeling and simulation studies of fixed bed reactors have been 

discussed in many researches. Froment proposed a general classification of fixed 

bed reactor
15

. 
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Table 2.2 Classification of Fixed Bed Reactor Models
7 

 Pseudo Homogeneous 

Models 

T =   , C =    

Heterogeneous Models 

T    , C     

One-dimensional basic, ideal 

axial mixing 

interfacial gradients 

intraparticle gradients 

Two-dimensional radial mixing radial mixing 

 

Where 

Cs:Catalyst surface concentration, 

C :Gas bulk concentration, 

Ts:Surface temperature of the catalyst, 

T :Bulk temperature of gas. 

Pseudo-homogeneous models lump the gas and solid (catalyst) phases together in 

the reactor modeling mass and energy balance equations. When it is assumed that 

reactor temperature and composition only change in the axial direction of the 

reactor and do not change in the radial direction, it is refers to as a one-dimensional 

model. When it is assumed that the flow velocity is constant across the reactor and 

does not depend on the radial direction, the resulting model is called a one-

dimensional plug-flow reactor model. In addition, very few data are available to 

date and no general correlation could be set up for the velocity profile
7
.  

Sometimes in addition to plug flow, axial mixing is considered to account for non-

ideal conditions in the reactor, and then the resulting reactor model is called the 

dispersed plug-flow model or simply the axial-dispersion model. The length of the 

industrial fixed bed reactors removes the need for reactor models with axial 
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diffusion. Hlavacek and Hofmann have shown that for ammonia, methanol, and 

oxo-synthesis and in ethylene, naphthalene, and o-xylene oxidation, there is no 

need to account for the effect of axial mixing. The overall model is still one-

dimensional in nature.  

For non-adiabatic reactors, there is a heat transfer across the wall of a tube, which 

generates radial temperature and concentration gradients. When these radial 

gradients are considered in the model, the model becomes two-dimensional. 

For very rapid reactions with important heat effects, it may be necessary to 

distinguish between conditions in the fluid and on the catalyst surface or even 

inside the catalyst. In case of heterogeneous models, gas and solid phases are 

modeled as separate mass-balance and energy-balance equations by considering 

interfacial gradients of temperature and concentration. The heterogeneous model 

becomes more complicated when the temperature and concentration gradients 

inside the catalyst are accounted for 
8
. Fortunately, even with strongly exothermic 

reactions, the catalyst is practically isothermal. The main resistance inside the 

catalyst is to mass transfer, and the main resistance in the film surrounding the 

catalyst is to heat transfer. 

2.1.3 Solution Procedure 

Both the homogeneous and heterogeneous dynamic fixed bed reactor models are 

described by a set of partial differential equations which may be solved using one 

of the several types of techniques: Crank-Nicolsen, orthogonal collocation, and 

orthogonal collocation on finite elements. Froment integrated a two-dimensional 

homogeneous model using a Crank-Nicholson procedure to simulate a multi-

tubular fixed bed reactor 
9
. 

However, orthogonal collocation has been the dominant method used for solving 

the fixed bed reactor model equations. The orthogonal collocation method proves 

to be faster and more accurate than the finite-difference method used. To this end, 
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various authors have applied collocation using two or three radial collocation 

points to the solution of the reactor model equations. Bonvinetal has applied 

collocation to non-adiabatic tabular reactors using quadratic radial profiles (i.e., 

two radial collocation points) 
10

. Jutan solved the steady-state reactor equations 

using two collocation points for temperature in radial direction and three 

collocation points for concentration in the radial direction. Ampaya and Rinker and 

Finlayson examined the convergence of collocation solutions to steady-state 

reactor equations as the number of radial collocation points is increased. Both of 

these papers show that collocation points placed at the roots of the Jacobi 

polynomials lead to faster convergence of the solutions as the number of 

collocation points is increased 
10

. 

2.1.4  Optimization 

The optimization of the fixed bed reactor over the length of catalyst life is 

important because the catalyst activity changes over the course of the operation. 

The operating temperature is increased over the life of the catalyst to compensate 

for the loss of catalyst activity. Taskar discussed the optimization of catalytic 

naphtha reformer, which is a fixed bed reactor, and described the formulation of 

the dynamic optimization problem. Orthogonal collocation  and control vector 

parameterization can be used to solve a nonlinear dynamic optimization problem 
5
. 
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2.1.5 Mathematical model for the fixed bed reactor  

It consists of the following aspects in its mass and energy balance equations: 

Axial dispersion 

 Mixing of the components in the reactor in the axial direction is due to the 

turbulence and the presence of catalysts in the fixed bed reactor. It is 

accounted for by superimposing an effective transport mechanism on the 

overall transport by plug flow. The flux due to axial dispersion is described 

by a formula analogous to Fick's law for mass transfer or Fourier's law for 

heat transfer by conduction. The proportionality constants are effective 

diffusivity and conductivity in the axial direction
11

. 

Fick's law for mass transfer: 

       

   

  
                                                                                          

Fourier's law for heat transfer: 

       

  

  
                                                                                       

 Radial dispersion 

Adiabatic commercial reactors exhibit no significant radial gradients since 

no heat transfer is involved across the wall of the tube. Non adiabatic fixed 

bed reactors can develop significant radial-temperature gradients because of 

the heat transfer at the wall. Temperature gradients will produce radial-

concentration gradients as well. These gradients of temperature and 

concentration occur when large maxima (hot spots in exothermic reactions) 

or large minima (low temperatures in endothermic reactions) occur. To 

formulate the flux of heat or mass in the radial direction, it is superimposed 

on the transport by overall convection, which is the plug flow type 
12

. 
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Fick's law for mass transfer: 

       (
   

  
)                                                                                       

Fourier's law for heat transfer: 

       (
  

  
)                                                                                       

Radial velocity gradients 

The flow in a fixed bed reactor deviates from the ideal pattern (plug flow) 

because of radial variations in flow velocity and mixing effects due to the 

presence of catalyst. 

Interphase mass and heat transfer resistance 

Since the components (reactants, products) and energy must move from the 

catalyst interior, the exterior catalyst surface, and the bulk fluid phase, there 

exists a resistance to mass and heat transfer between the gas and solid 

phases. Since both heat and mass transfer coefficients are increased by 

increasing the mass velocities, it is possible and practical in most industrial 

reactors to avoid significant inter phase gradients 
9
. 

Intraparticle mass and heat transfer resistances 

As the catalyst-pellet size increases, a significant concentration gradient 

between the surface and the interior can develop for all the components. 

Conversely, if the catalyst size is held constant and the temperature is 

increased, a similar gradient may occur due to more rapid consumption of 

the reactants because of the exponential rate increase caused by increased 

temperature. In both cases, the rate varies with position inside the catalyst. 

The effectiveness factor can be used to calculate the actual reaction rate that 

would be observed. The effectiveness factor is defined as follows 
9
: 
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Pressure drop in fixed bed reactor 

Pressure drop through a reactor is seldom more than 10% of the total 

pressure and thus is not a major factor in changing the chemical reaction 

rates in a gaseous reaction. The Ergun equation has been preferred for 

several years to calculate the pressure drop in the reactor
13

: 

 
  

  
 * 

      

  

 

  
 +   * 

      

  

  

  
+                                           

2.1.6 The continuum models of fixed bed reactor 

In the continuum models, the bulk fluid phase variables are described in terms of 

differential equations 
12

. Froment introduced the classification given in figure 2.1. 

The models are divided into six classes, three types of pseudo homogeneous 

models, and three types of heterogeneous models. 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 2.1 The continuum models of fixed bed reactor 
8
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One-dimensional pseudo-homogeneous model 

The simplest pseudo-homogeneous model describes only axial profiles of radially 

averaged temperatures and concentrations. Since the only transport mechanism 

taken into account is convection, the model is referred to as a plug-flow model 
13

. 

Constant (averaged) physical properties of the fluid throughout the reactor are 

assumed, so that the conservation equations for the steady-state: 

  

   

  
                                                                                                           

      

  

  
         

   

  

                                                                    

One-dimensional heterogeneous model 

The simplest one-dimensional heterogeneous model, taking into account 

temperature and concentration differences between the fluid bulk and catalyst 

surface 
9
: 

Fluid phase: 

  

   

  
        

                                                                                           

      

  

  
            

   

  

                                                        

 

Solid phase: 
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One-dimensional pseudo-homogeneous and heterogeneous models with axial 

dispersion 

The plug flow model does not explicitly take into account vital characteristics of 

packed bed reactors such as non-uniform temperature and concentration 

distributions across the bed and mixing effects, caused by several mechanisms, 

including mixing due to presence of the packing, molecular diffusion, thermal 

conduction, radiation etc 
14

. The most common 1-D heterogeneous model taking 

dispersion in the fluid phase into account: 

Fluid phase: 

  

   

  
    

    

   
        

                                                                              

      

  

  
    

   

   
       

     
   

  

                                           

Solid phase: 

       
           

                                                                                         

      
                                                                                                     

Two-dimensional models 

In the two-dimensional model the radial temperature and concentration profiles are 

accounted for. The most often used 2-D model is the pseudo-homogeneous model 

given by equations 
15
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)                                                                            

and accompanied with boundary conditions: 
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Models accounting for intraparticle resistance. The effectiveness factor 

All the models described above neglect the resistance to heat and mass transfer 

inside the catalyst particle. A one-dimensional pseudo-homogeneous plug flow 

model accounting for both interface and intraparticle resistances for simple shape 

particles reads 
15

: 

  

   

  
     (  

      )                                                                                      

      

  

  
        

       
   

  

                                                     

   

  

 

  
(  

   
 

  
)       

                                                                               

   

  

 

  
(  

   

  
)                                                                                          

 

2.1.7 Dynamic models 

Along with the steady state, the dynamic modeling of packed bed reactors has 

attracted considerable attention. Interest in dynamic modeling can be explained by 

the necessity to study important practical problems such as: 1) dynamically 

operating reactor, e.g. reverse flow reactors; 2) reactor start-up and shut down; 3) 

process stability, i.e. response of the reactor to disturbances in operation condition 

16
. 

Equations of the dynamic models are typically the same as for steady state models, 

only additional terms describing the rates of temperature and concentrations 

change in time for example: 
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2.2 Modeling of Fluidized Bed Reactor 

The fluidized-bed reactor has the ability to process large volumes of fluid. For the 

catalytic cracking of petroleum naphtha to form gasoline blends 
17

.  

Their main characteristics are: 

1. Negligible diffusion resistances within the catalyst particles. 

2. High heat and mass transfer rates between gas and particles. 

3. Low pressure drop. 

4. Large capacity. 

5. Isothermality due to mixing by bubbles. 

Fluidization occurs when small solid particles are suspended in an upward flowing 

stream of fluid, as shown in Figure (2.2) 

 

Figure 2.2 Fine powder inside a tube starting to fluidize due to gas flow rate 
18

 

 

The fluid velocity is sufficient to suspend the particles, but it is not large enough to 

carry them out of the vessel. The solid particles swirl around the bed rapidly, 

creating excellent mixing among them. The material “fluidized” is almost always a 

solid and the “fluidizing medium” is either a liquid or gas. The characteristics and 

behavior of a fluidized bed are strongly dependent on both the solid and liquid or 

gas properties. Nearly all the significant commercial applications of fluidized-bed 

technology concern gas-solid systems 
19

.  

Gas flow 

Fine powder 

Slight expansion 

(at minimum fluidization) 
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The two phase model is used in this study to describe reactions in fluidized beds. 

In this model, the reactant gas enters the bottom of the bed and flows up the reactor 

in the form of bubbles. As the bubbles rise, mass transfer of the reactant gases 

takes place as they flow (diffuse) in and out of the bubble to contact the solid 

particles where the reaction product is formed. The product then flows back into a 

bubble and finally exits the bed when the bubble reaches the top of the bed. The 

rate at which the reactants and products transfer in and out of the bubble affects the 

conversion, as does the time it takes for the bubble to pass through the bed. 

Consequently, we need to describe the velocity at which the bubbles move through 

the column and the rate of transport of gases in and out of the bubbles. To calculate 

these parameters, we need to determine a number of fluid mechanics parameters 

associated with the fluidization process. Specifically, to determine the velocity of 

the bubble through the bed we need to first calculate 
16

: 

1. Porosity at minimum fluidization, εmf 

2. Minimum fluidization velocity, umf 

3. Bubble size, db 

To calculate the mass transport coefficient, we must first calculate 

1. Porosity at minimum fluidization, εmf 

2. Minimum fluidization velocity, umf 

3. Velocity of bubble rise, ub 

4. Bubble size, db 
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2.2.1 The Mechanics of Fluidized Beds 

Consider a vertical bed of solid particles supported by a porous or perforated 

distributor plate, as in Figure (2.3). The direction of gas flow is upward through 

this bed 

Figure 2.3 Various kinds of contacting of a batch of solids by fluid. 
20

 

 

There is a drag exerted on the solid particles by the flowing gas, and at low gas 

velocities the pressure drop resulting from this drag will follow the Ergun equation, 

when the gas velocity is increased to a certain value however, the total drag on the 

particles will equal the weight of the bed, and the particles will begin to lift and 

barely fluidize. If      is density of the solid catalyst particles,      is the cross 

sectional area,     , is the height of the bed settled before the particles start to lift, 

   , is the height of the bed at any time, and      and ( ) are the corresponding 

porosities, of the settled and expanded bed, respectively; then the mass of solids in 

the bed,   , is 
17

 

                                                                            ( 2.22) 
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This relationship is a consequence of the fact that the mass of the bed occupied 

solely by the solid particles is the same no matter what the porosity of the bed. 

When the drag force exceeds the gravitational force, the particles begin to lift, and 

the bed expands (i.e., the height increases) thus increasing the bed porosity, as 

described by Equation (2.22). This increase in bed porosity decreases the overall 

drag until it is again balanced by the total gravitational force exerted on the solid 

particles (Figure 2.3-b). 

If the gas velocity is increased still further, expansion of the bed will continue to 

occur; the solid particles will become somewhat separated from each other and 

begin to jostle each other and move around in a restless manner. Increasing the 

velocity just slight amount further causes instabilities, and some of the gas starts 

bypassing the rest of the bed in the form of bubbles (Figure 3.2-c) 
21

. These 

bubbles grow in size as they rise up the column. Coincidentally with this, the solids 

in the bed begin moving upward, downward, and around in a highly agitated 

fashion appearing as a boiling frothing mixture. With part of the gas bubbling 

through the bed and the solids being moved around as though they were part of the 

fluid, the bed of particles is said to be “fluidized.” It is in a state of aggregative, 

non particulate, or bubbling fluidization. 

A further increase in gas velocity will result in slug flow (Figure 3.2-d) and 

unstable chaotic operation of the bed. Finally at extremely high velocities, the 

particles are blown or transported out of the bed (Figure 3.2-e). 

The range of velocities over which the Ergun equation applies can be fairly large. 

On the other hand, the difference between the velocities at which the bed starts to 

expand and the velocity at which the bubbles start to appear can be extremely 

small and sometimes nonexistent. This observation means that if one steadily 

increases the gas flow rate, the first evidence of bed expansion may be the 

appearance of gas bubbles in the bed and the movement of solids. At low gas 

velocities in the range of fluidization, the rising bubbles contain very few solid 



21 
 

particles. The remainder of the bed has a much higher concentration of solids in it 

and is known as the emulsion phase of the fluidized bed. The bubbles are shown as 

the bubble phase. The cloud phase is an intermediate phase between the bubble and 

emulsion phases. 

After the drag exerted on the particles equals the net gravitational force exerted on 

the particles, that is, 

    (     )                                                              (2.23) 

The pressure drop will not increase with an increase in velocity beyond this point.  

From the point at which the bubbles begin to appear in the bed, the gas velocity 

can be increased steadily over a quite appreciable range without changing the 

pressure drop across the bed or flowing the particles out of the bed. 

The bubbles become more frequent, and the bed, more highly agitated as the gas 

velocity is increased (Figure 3.2-c); but the particles remain in the bed. This region 

is bubbling fluidization. Depending on the physical characteristics of the gas, the 

solid particles, and the distributor plate; and the internals (e.g., heat exchanger 

tubes) within the bed, the region of bubbling fluidization can extend over more 

than an order of magnitude of gas velocities. In other situations, gas velocities in 

the region of bubbling fluidization may be limited; the point at which the solids 

begin to be carried out of the bed by the rising gas may be a factor of only three or 

four times the velocity at incipient fluidization. 

Eventually, if the gas velocity is continuously increased, it will become sufficiently 

rapid to carry the solid particles upward, out of the bed. When this begins to 

happen, the bubbling and agitation of the solids are still present, and this is known 

as the region of fast fluidization, and the bed is known as fast-fluidized bed. At 

velocities beyond this region, the particles are well apart, and the particles are 

merely carried along with the gas stream. Under these conditions, the reactor is 

usually referred to as a straight through transport reactor or STTR (Figure 3.2-e). 
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2.2.2 The Minimum Fluidization Velocity 

Fluidization will be considered to begin at the gas velocity at which the weight of 

the solids gravitational force exerted on the particles equals the drag on the 

particles from the rising gas. The gravitational force is given by Equation (2.22) 

and the drag force by the Ergun equation. All parameters at the point where these 

two forces are equal will be characterized by the subscript “mf,” to denote that this 

is the value of a particular term when the bed is just beginning to become fluidized. 

The combination            occurs very frequently, as in Equation (2.23), and 

this grouping is termed [ ]. 

  

 
   (     )                                                                                                        

The Ergun Equation can be written in the form
22

: 

  

 
     [

        

    
 

 

 
]

   

    
 
                                                                    

Where (  ) shape factor of catalyst particle, sometimes called the sphericity. 

At the point of minimum fluidization, the weight of the bed just equals the pressure 

drop across the bed 

                                                                                                                           

      (     )        [
        

    
 

 

 
]

   

    
 
                           

For           (    
     

 
), we can solve equation (2.27) for the 

minimum fluidization velocity to give: 

    
     

 

    
[ (     )]

   
 

     
                                                                       

Reynolds numbers less than 10 represents the usual situation, in which fine 

particles are fluidized by a gas. Sometimes, higher values of the Reynolds number 

do exist at the point of incipient fluidization, and then the quadratic Equation 

(2.28) must be used. 
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Two dimensionless parameters in these two equations for       deserve 

comment. This first is , the sphericity, which is a measure of a particle’s 

nonideality in both shape and roughness. It is calculated by visualizing a sphere 

whose volume is equal to the particles, and dividing the surface area of this sphere 

by the actually measured surface area of the particle. Since the volume of a 

spherical particle is 

   
   

 

 
                                                                                                                         

And its surface area is 

      
    (

   
 

)

 

 

                                                                                              

  
  

  
 

( (
   

 
)

 

 
)

  
                                                                                              

Measured values of this parameter range from 0.5 to 1, with 0.6 being a normal 

value for a typical granular solid. 

The second parameter of special interest is the void fraction at the point of 

minimum fluidization,     . It appears in many of the equations describing 

fluidized bed characteristics. There is a correlation that apparently gives quite 

accurate predictions of measured values of     (within 10%) when the particles in 

the fluidized bed are fairly small 

               (
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(
  

  
)
     

                                                           

Another correlation commonly used is that of Wen and Yu 
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When the particles are large, the predicted     can be much too small. If a value 

of     below 0.40 is predicted, it should be considered suspect. Kunii and 

Levenspiel state that     is an easily measurable value. However, if it is not 

convenient to do so, Equation (2.11) should suffice. Values of    around 0.5 are 

typical. 

2.2.3 Descriptive Behavior of a Fluidized Bed – The Two Phase 

Model  

At gas flow rates above the point of minimum fluidization, a fluidized bed appears 

much like a vigorously boiling liquid; bubbles of gas rise rapidly and burst on the 

surface, and the emulsion phase is thoroughly agitated. The bubbles form very near 

the bottom of the bed, very close to the distributor plate and as a result the design 

of the distributor plate has a significant effect on fluidized-bed characteristics 
23

. 

Literally hundreds of investigators have contributed to what is now regarded as a 

fairly practical description of the behavior of a fluidized bed; chief among these is 

the work of Davidson and Harrison. Early investigators saw that the fluidized bed 

had to be treated as a two-phase system – an emulsion phase and a bubble phase 

(often called the dense and lean phases). The bubbles contain very small amounts 

of solids. They are not spherical; rather they have an approximately hemispherical 

top and a pushed-in bottom. Each bubble of gas has a wake that contains a 

significant amount of solids. The two-phase theory of fluidization, states that 

“Almost all the gas in excess of that necessary for minimum fluidization will 

appear as gas bubbles” (Figure 2.3) 
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Figure 2.4 Phases of fluidized bed 
24

 

 

As the bubble rises, it pulls up the wake with its solids behind it. The net flow of 

the solids in the emulsion phase must therefore be downward. 

 

2.2.4 Model Assumptions 

The mathematical model is developed based on the two phase reactor model. The 

following assumptions are used to simplify the model equations: 

1. The system is isothermal and steady state conditions. 

2. The lower dense bed assumed to compose of bubble and emulsion phases. 

3. The gas in the bubble phase is assumed in plug flow. 

4. The dense phase is assumed to be perfectly mixed. 

5. Reaction occurs mostly in the dense phase. 

6. Negligible mass and heat transfer resistances between the catalyst particles 

and the emulsion phase gas. 

7. Negligible heat of adsorption. 

 

 

 

 

 

Dese phase or 

emulsion phase 

Bubble “free of solid” 

Gas flow 
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2.2.5 Bubble Velocity and Bubble Size 

From experiments with single bubbles, Davidson and Harrison found that the 

velocity of rise of a single bubble could be related to the bubble size by: 

             
                                                                                       

When many bubbles are present, this velocity would be affected by other factors. 

The more bubbles that are present, the less drag there would be on an individual 

bubble; the bubbles would carry each other up through the bed. The greater 

number of bubbles would result from larger amounts of gas passing through the 

bed (i.e., a larger value of u0). Therefore, the larger the value of   , the faster 

should be the velocity of a gas bubble as it rises through the bed. 

Other factors that should affect this term are the viscosity of the gas and the size 

and density of the solid particles that make up the bed. Both of these terms also 

affect the minimum fluidization velocity, and so this term might well appear in any 

relationship for the velocity of bubble rise; the higher the minimum fluidization 

velocity, the lower the velocity of the rising bubble. 

Adopting an expression used in gas-liquid systems, Davidson and Harrison 

proposed that the rate of bubble rise in a fluidized bed could be represented by 

simply adding and subtracting these terms: 

       (      )                                                                                         

                   
                                                                             

2.2.6 Bubble Size 

 The equations for the velocity of bubble rise, Equations (2.37) and (2.36) are 

functions of the bubble diameter, an elusive value to obtain. 

As might be expected, it has been found to depend on such factors as bed diameter, 

height above the distributor plate, gas velocity, and the components that affect the 

fluidization characteristics of the particles. Unfortunately, for predictability, the 

bubble diameter also depends significantly upon the type and number of baffles, 
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heat exchangers tubes, and so forth, within the fluidized bed (sometimes called 

“internals”). The design of the distributor plate, which disperses the inlet gas over 

the bottom of the bed, can also has a pronounced effect upon the bubble diameter. 

Studies of bubble diameter carried out thus far have concentrated on fluidized beds 

with no internals and have involved rather small beds. Under these conditions the 

bubbles grow as they rise through the bed. The best relationship between bubble 

diameter and height in the column at this writing seems to be that of Mori and 

Wen, who correlated the data of studies covering bed diameters of 7 to 130 cm, 

minimum fluidization velocities of 0.5 to 20 cm/s, and solid particle sizes of 0.006 

to 0.045 cm. Their principal equation was 

      

       
                                                                                                            

In this equation,    is the bubble diameter in a bed of diameter D, observed at a 

height h above the distributor plate;     is the diameter of the bubble formed 

initially just above the distributor plate, and     is the maximum bubble diameter 

attained if all the bubbles in any horizontal plane coalesce to form a single bubble 

(as they will do if the bed is high enough) 
13

. 

The maximum bubble diameter,     has been observed to follow the Relationship 

         [  (      )]
   

                                                                                

for all beds, while the initial bubble diameter depends upon the type of distributor 

plate. For porous plates, the relationship 

                   
                                                                                      

is observed, and for perforated plates, the relationship 

         [  (      )   ]
   

                                                                           

appears to be valid, in which    is the number of perforations. For beds with 

diameters between 30 and 130 cm, these relations appear to predict bubble 

diameters with an accuracy of about ± 50%; for beds with diameters between 7 and 
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30 cm, the accuracy of prediction appears to be approximately + 100%, – 60% of 

the observed values. 

2.2.7 Mass Transfer in Fluidized Beds 

There are two types of mass transport important in fluidized-bed operations. 

The first is the transport between gas and solid. In some situations this can affect 

the analysis of fluidized-bed behavior significantly, and in others it might not enter 

the calculations at all. In the treatment of this type of transfer, it will be seen that 

this type of transport is quite similar to gas-solid mass transfer in other types of 

operations. 

The second type of mass transfer is unique to fluidized-bed operations. It concerns 

the transfer of material between the bubbles and the clouds, and between the 

clouds and the emulsion. In almost every type of fluidized-bed operation, there are 

significant gas-phase concentration differences between the various elements of the 

fluidized bed. Consequently, calculations involving this type of mass transfer occur 

in almost every fluidized-bed analysis 
25

. 

 

Figure 2.5 Transfer between bubble, cloud, and emulsion 
16

. 
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2.2.8 Mass Transfer Between the Fluidized-Bed Phases 

For the gas interchange between the bubble and the cloud, Kunii and Levenspiel 

defined the mass transfer coefficient     (   ) in the following manner: 

                                                                                                                 

Where    and     are the concentration of A in the bubble and cloud 

respectively, (        ) and      represents the number of moles of A 

transferred from the bubble to the cloud per unit time per unit volume of bubble 

(          ). 

The concept of basing all mass transfer (and later, all reaction) on the bubble 

volume proves to simplify the calculations markedly. For the products, (e.g., B in 

A → B) the rate of transfer into the bubble from the cloud is given by a similar 

equation 
25

 

                                                                                                                 

The mass transfer coefficient     can also be thought of as an exchange volume q 

between the bubble and the cloud. 

                                                                                             

Where 

     Volume of gas flowing from the bubble to the cloud per unit time per unit 

volume of bubble 

    Volume of gas flowing from the cloud to the bubble per unit time per unit 

volume of bubble 

    Exchange volume between the bubble and cloud per unit time per unit 

volume of bubble (i.e.,    ) 
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Using Davidson’s expression for gas transfer between the bubble and the cloud, 

and then basing it on the volume of the bubble, Kunii and Levenspiel obtained this 

equation for evaluating    : 

        (
   

  
)      (

  
      

    
)                                                                       

where     is in cm/s,    is in cm,    is the diffusivity (     ) and g is the 

gravitational constant (         ). 

We note            and a typical value of      is 2  – . 

Similarly, these authors defined a mass transfer coefficient for gas interchange 

between the cloud and the emulsion: 

                                                                                                               

                                                                                                              

where      is the moles of A transferred from the cloud to the emulsion per unit 

time per unit volume of bubble. Note that even though this mass transfer does not 

involve the bubble directly, it is still based on the bubble volume. 

Using Higbie’s penetration theory and his analogy for mass transfer from a bubble 

to a liquid, Kunii and Levenspiel developed an equation for evaluating    
16

: 

         
  ε

  
   

  
                                                                                              

where     is velocity of bubble rise in cm/s and the other symbols are as defined 

early. A typical value of     is 1  – .     can also be thought of as the exchange 

volume between the cloud and the emulsion. 

With knowledge of the mass transfer coefficients, the amount of gas interchange 

between the phases of a fluidized bed can be calculated and combined to predict 

the overall mass transfer behavior or reaction behavior of a fluidized-bed process. 
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2.2.9 General Model Formulation 

Based on the two-phase model, a fluidized catalytic bed reactor can be divided into 

two regions; the dense phase (the emulsion phase), and the bubble phase figure 

(2.6), with associated mass and heat transfer between the two regions and phases. 

Consider the following simple reaction: 

    

Since the dense phase is assumed to be perfectly mixed, the concentration of the 

reactant (A)     will be constant for all height, while its concentration in the 

bubble phase which is assumed to be in plug flow     will be a function of the 

height h. 

 

Figure 2.6The two phases of fluidized bed 

Dense 

Phase 

Bubble 

Phase 

h+ ∆h 

h 

h= H 

h= 0 
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Where: 

   is the concentration of component A in the dense phase 

   is the concentration of component A in the bubble phase 
 

2.2.10 Steady-State Modeling of the Bubble Phase 

Assuming that there is a negligible rate of reaction for an element in plug flow 

mode in the bubble phase, the molar balance can be expressed as 

    

  
       (

   

  
 

   

  
)                                                                                     

With the initial conditions                     . Equation (2.49) can be solved 

analytically to give: 

   

  
 

   

  
 (

    

  
 

   

  
)                                                                                     

   
      

  
                                                                                                                    

An energy balance for the bubble phase is given by 
26

: 

       

   

  
                                                                                        

With the initial conditions                the equation (3.29) can be solved 

analytically to give: 

                                                                                                             

  
   

       
                                                                                                                

2.5.2 Steady-State Modeling of the Dense Phase 

The molar balance on the dense phase for component A gives 
27

: 

         ∫       (
   

  
 

   

  
)     

 

 

      (     )                 

Using equation (2.50) the integral of equation (2.55) is evaluated and equation 

(2.55) becomes: 
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(  ) 
      

   

  
     (

     

 
 

(  ) 

  
)            

       (     )                                                                         

The total moles of component j leaving the reactor are given by: 

   (  ) 
 (  ) 

                                                                                                       

Similarly we obtain the following expression for the energy balance around the 

dense phase for adiabatic operation: 

                                                          

       (     )                                                        

The fluidized bed exit temperature is given by: 
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CHAPTER Three 

MODELS DEVELOPMENT FOR AMMONIA AND METHANOL 

PROCESSES 

3.1 Modeling of Ammonia Synthesis from Synthesis Gas in Fixed 

Bed Reactor 

The synthesis of ammonia from its elements ranks as one of the most important 

discoveries in the history of the science of catalysis, not only because of its 

industrial application in which synthetic fertilizers have contributed enormously to 

the survival of mankind, but also from the viewpoint of fundamental science. 

The present annual production of ammonia is in excess of 120 million tons per 

year and virtually all of this ammonia is produced from a mixture of hydrogen and 

nitrogen over a promoted iron catalyst operating at elevated temperature and 

pressure. Over90% of ammonia produced is used as a fertilizer, principally in the 

form of urea or ammonium nitrate 
1
. 

 

3.1.2 Kinetics of Ammonia Syntheses  

The stoichiometric equation for the ammonia synthesis has the form: 

                                         

In this model the intrinsic modified form of the Temkin rate expression is used: 

    
   [  

    
(

   

 

    

 )

 

 (
    

 

   

 )

   

]                                                         

    
is the reaction rate in kmol of NH3/(h.m

3
 of the catalyst bed),    is the velocity 

constant for the reverse reaction in kmol /(h.m
3
) and     is the equilibrium constant 

of the reaction 
13

. 

The velocity constant is estimated by the Arrhenius relation of the form: 
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         ( 
  

   
)                                                                                                

The respective values for the Montecatini Edison catalyst are: 

                   
  

    
                            

The equilibrium constant is given by Gaines 

                                                   

 
      

 
                                                                                  

the fugacity of component is given by definition as: 

                                                                                                                           

Where: 

  is the fugacity coefficient of component j 

  is the mole fraction of component j 

 is the total pressure in atm 

3.1.3 Ammonia Synthesis 

Under the conditions practical for an industrial process ammonia formation is 

limited by the unfavorable position of the thermodynamic equilibrium, so that only 

partial conversion of the synthesis gas (25-35%) can be attained on its passage 

through the catalyst. Ammonia is separated from the un-reacted gas by 

condensation, which requires relatively low temperatures for reasonable efficiency 

28
.  

The unconverted gas is supplemented with fresh synthesis gas and recycled to the 

converter. The concentration of the inert gases (methane and argon) in the 

synthesis loop is controlled by withdrawing a small continuous purge gas stream.  

 



36 
 

3.1.4 Formation of Ammonia in the Converter 

In ammonia production unit, the synthesis loop is located after the syngas 

production and purification units. Ammonia synthesis process takes place in high 

pressure and hence high power multi cycle compressors are used to supply the 

required pressure 
29

.  

The Kellogg synthesis reactor fig. (3.1) incorporated in this loop is of horizontal 

type with three beds. To control the temperature between first and second beds, an 

internal heat exchanger has been used in which the input feed to the first bed and 

the output gas from the same bed have thermal exchange. In addition to the 

mentioned heat exchanger, the quench gas flow is also used for control of 

temperature.  

The input feed to the reactor, is first divided into two parts, before entrance. One 

part is considered as feed and the other part as quench gas. The feed, after entering 

the reactor, passes through the empty spaces of the beds as well as the reactor walls 

and gets slightly heated. When reaching to the end of the reactor, it passes through 

the shell of the internal heat exchanger and its temperature reaches 400 ºC. Tubes 

of the heat exchanger contain the output gas from the first bed. Quench gas is used 

to control the inlet temperature of the first bed. The required temperature for inlet 

of the first bed is 371 ºC. Output gas, after warming up, is then entered to first 

catalytic bed. Figure (3.1) depicts the schematic diagram of a Kellogg horizontal 

reactor. 

When the gas passes the first bed and the reaction is taken place, its temperature 

increases and reaches 496 ºC. It then enters the tubes of the heat exchanger to cool 

down. Gas is then entered from top of the second bed. Temperature rises again as 

the reaction takes place in the second bed. No specific operation is carried out 

between beds two and three. In fact these two beds act as a single bed whose length 

is twice the length of each bed. The catalyst of this reactor is magnetic ferro oxide. 
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In this Chapter the Kellogg horizontal intercooled ammonia converter has been 

modeled for the purpose of determine the performance of the fixed bed reactors in 

ammonia synthesis.  

 

Figure 3.1 Kellogg horizontal intercooled ammonia converter 

a) Inlet   b) Inter-bed heat exchanger  c) Bypass  d) Bed 1  e) Bed 2  f ) Outlet 
13

 

 

3.1.5 Mathematical Modeling Assumptions 

By modeling of the synthesis reactor, temperature, concentrations and pressure 

profiles are obtained. Of course testing of the model based on the above parameters 

will be achieve at the end of each bed as industrial data are not usually available 

along the length of the bed. The following assumptions have been made for this 

modeling: 

1. One-dimensional equations has been considered along with the bulk flow. 

2. Negligible axial dispersion: 

Usually, dispersion in the axial direction is negligible in industrial reactors. 

This is because of the high flow rates and long length of the catalyst beds, 

resulting in Peclet numbers which are high enough to justify the assumption 

of plug flow 

3. The external mass and heat transfer resistances are negligible because of the 

high gas flow rate that destroys the external resistance 

4. Density is constant.  

5. Linear velocity profile  
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3.1.6 Material balance  

Considering an element with height of Δz and cross section area equal to that of 

the bed we’ll have: 

 

 

 

 

 

 

Accumulation = Consumption – Production + Output – Input                       (3.5) 

There shall be no accumulation as the system has been considered to be in steady 

state. 

                (     
)                                                       

Dividing both sides of the equation by     and    →0: 

 
   

  
                                                                                           

The reaction takes place is: 

                                 
  

   
                                                        

In this model the intrinsic modified form of the Temkin rate expression is used: 
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is the reaction rate in kmol of NH3/(h.m

3
 of the catalyst bed), K2 is the velocity 

constant for the reverse reaction in kmol /(h.m
3
) and Ka  is the equilibrium constant 

of the reaction. 

The velocity constant is estimated by the Arrhenius relation of the form: 

         ( 
  

   
)                                                                                                 

The respective values for the Montecatini Edison catalyst are 
30

: 

                   
  

    
                            

The equilibrium constant is given by Gaines 

                                                   

 
      

 
                                                                                       

the fugacity of component is given by definition as
21

: 

                                                                                                                                

Where: 

  is the fugacity coefficient of component j 

  is the mole fraction of component j 

 is the total pressure in atm 
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3.1.7 Energy balance 

Energy balance is investigated on the same element on which mass balance has 

been considered. 

Accumulation = Consumed Energy – Produced Energy + Output Energy – Input 

Energy 

In steady state, the accumulation is zero. 

 *(     )
 
 (     )

    
+           (    

)                             

Dividing the above equation by     and set       
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3.1.8 Heat Capacity  

The following equation is used to determine the Heat capacity
19

: 

                    
     

    (
  

    
)                                                   

Table (3.1) Coefficients of    polynomial for some component
31 

Component a b     c     d     

   6.952 -0.04567 0.09563 -0.2079 
 

   6.903 -0.03753 0.193 -0.6861 

    4.75 1.2 0.303 -2.63 

Argon 4.9675 ---- ---- ---- 

 

In 1967, Shah has developed an equation for determination of ammonia heat 

capacity which has been used in this model 
31

. 

       
                                                  

                                                  

                                  (
  

    
)                              

3.1.9 Pressure Drop 

To calculate the pressure drop inside beds, Ergun equation has been applied. This 

relation for a one dimensional flow is as below 
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3.1.10 Model Development 

Applying mass, energy and momentum balance on an element, the following 

mathematical model is obtained using the industrial information in table (3.2) 

regarding reactor specification, catalyst properties and feed conditions 
32

. 

Table ( 3.2) Reactor Specification, Catalyst Properties and Feed Conditions 

Parameter Value 

Temperature         

Pressure             

Molar feed         ⁄         

Concentration Mole fraction 

          

          

             

           

            

   
  

  ⁄       

   
  

  ⁄ )        

            

Reactor length (m) 4 

Reactor diameter (m) 5.1 
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3.2 Modeling of Ammonia synthesis from synthesis gas in fluidized 

bed reactor 

The same Reactor Specification, Catalyst Properties and Feed Conditions in table 

(3.1) used for the modeling of fluidized bed reactor, applying the equations of the 

two phase model with the assumptions discussed in chapter two the following 

model is obtained: 
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Mathematical Model of Ammonia in Fixed Bed 

Reactor 
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 The rate of the reaction is calculated from equations (3.8) to (3.18). 

3.2.1 Bubble phase material balance 
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3.2.2 Dense phase material balance 
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3.2.3 Energy Balance 
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3.2.4 Bubble phase heat balance 

                                                                                                             

  
   

         
                                                                                                               

3.2.5 Dense phase heat balance 
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3.3  Modeling of methanol synthesis from synthesis gas in fluidized 

bed catalytic reactor 
  

The Khark petrochemical methanol unit will be modeled. This reactor is of shell 

and tube type. The reactor tubes have synthesis catalysts and water flows in the 

shell of reactors. Because methanol synthesis reaction is exothermic, released heat 

is used to produce steam. The characteristics of the industrial reactor are given in 

Table 3.3. Fresh feed of the unit consists of   ,  ,      (that forms the synthesis 

gas) and also      and   that participate in methanol synthesis’s reactions 
33

 

Table (3.3) Reactor Specification, Catalyst Properties and Feed Conditions 

parameter Value 

Temperature         

Pressure          

Molar feed         ⁄         

concentration Mole fraction 

       

            

          

          

            

           

            

   
  

  ⁄        

   
  

  ⁄ )       

           

Reactor length (m) 4 

Reactor diameter (m) 5.1 
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3.3.1 The Reaction Kinetics 

The reactions together with the water-gas shift reaction are: 

                                       
                  

                             
                  

       CO+                               
                 

In this study, the kinetic equation proposed by Vanden Bussche and Froment 

(1996) is used. The equation is based on equation (2) and (3) and thus the reaction 

rate r 1 is neglected. The kinetic equation is: 
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All the constants (  ) in equations (3.160) and (3.161) follow the general Arrhenius 

equation and equilibrium constants were obtained from analyses that are listed in 

table 3.4. 
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Table 3.4  Frequency Factor of Kinetic Equation 
33

 

   
A 1.07 

B 36696 
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3.3.2  Bubble phase material balance: 
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3.3.3  Dense phase material balance 
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3.3.4 Energy Balance 

Molar heat capacity of the components in the reactor is found from the following 

equation and the information of table (3.5) 

  

 
           

     
                                                                             (3.192) 

Where    is molar heat capacity,   gase constant and   ,   , Ci and    are 

constants. 
 

Table 3.5  Frequency Factor for Enthalpy Equation
33 

Chemical 

species 

A    B     C      D 

      2.211 12.216 -3.450 -- 

    3.47 1.45 -- 0.121 

   3.249 0.472 -- 0.081 

    5.457 1.045 -- -1.157 

   3.376 0.557 -- -0.031 
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3.3.5 Bubble phase heat balance 

                                                                                                          

  
   

         
                                                                                                           

3.3.6 Dense phase heat balance 
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3.4  Modeling of methanol synthesis from synthesis gas in fixed  

bed reactor  

The same Reactor Specification, Catalyst Properties and Feed Conditions in table 

(3.3) used for the modeling of fixed bed reactor, applying the equations of the one 

dimensional model with the assumptions discussed in chapter two for the fixed bed 

reactor the following model is obtained: 
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CHAPTER Four 

RESULTS AND DISCUSSION  

In this chapter the four models of ammonia and methanol synthesis in fixed and 

fluidized bed which has been derived in chapter three are solved. All models are of 

ordinary differential equations in one variable; the reactor length. MATLAB is 

used to solve the models and the results are listed in the following sections, also 

the MATLAB code is used to determine the effect of different operating 

parameters on the reactor performance. 

4.1 Ammonia synthesis in fixed bed reactor 

The following results are based on the mathematical model of the Kellogg 

horizontal intercooled ammonia converter with the industrial feed conditions and 

reactor specifications. To validate this model the temperature and the conversion at 

the end of each bed is compared with the industrial data. 
 

Table (4.1) fixed bed reactor industrial data used as a basis for comparison
19 

 Fixed bed 

Bed1 Bed2 Bed3 

Feed temperature (K) 658 706 688 

Exit temperature (K) 780 775 728 

Conversion % 15.78 25.55 28.91 
 

Table (4.2) Comparison between the Results of the Model and Industrial data 

 Industrial Fixed bed Model Values Difference % 

Bed1 Bed2 Bed3 Bed1 Bed2 Bed3 Bed1 Bed2 Bed3 

Exit Temperature (K) 780 775 728 801 712 748 2.6 5.5 2.7 

Conversion % 15.78 25.55 28.91 15.2 24.8 26.79 3.6 2.7 5.2 
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4.1.1 Conversion Based on N2 along the Reactor 

Figure 4.1 and Table (4.3) illustrate the increase of the nitrogen conversion along 

the three beds. It is observed that the increase along the first bed is sharper than the 

increase in the other two beds; as we can notice from Fig. 4.1 that the change along 

the first bed is 15% while the change in the second and the third bed is only 12% 

this is because at this early stage the rate of reversible reaction is low and hence 

low nitrogen production rate 
30

, the conversion then increase gradually till the end 

of the beds where the maximum conversion achieved is 26.79%. 

Table (4.3) Changes of N2 conversion along the fixed beds  

Reactor length (m) 0 0.5 1 1.5 2 2.5 3 3.5 4 4.5 

  Conversion % 0 9.21 13.5 15 17.92 22 24.8 26 26.5 26.79 

 

 

 

Figure 4.1 Changes of N2 conversion along the beds  
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4.1.2 Molar Flow of the components Along the Beds 

The three main components in the reaction along the beds are illustrated in Figures 

(4.2) and (4.3) according to their molar flow rate and mole fractions respectively 

which can be calculated directly from the conversion rate and the initial amount 

through the reaction equation, the consumption of hydrogen; 38.1Kmol/hr is three 

times the conversion of nitrogen; 13.04 Kmol/hr, and the generation of ammonia; 

25.66 Kmol/hr is twice the consumption of nitrogen. 

Table (4.4) molar flow rate and mole fractions of the main components  

Reactor 

Length (m) 

Flow Rate kmol/hr Mole Fraction% 

H2 N2 NH3 H2 N2 NH3 

0 145.8 52.49 6.32 65.7 23.6 2.7 

0.5 136 49.2 12.5 63.12 22.8 5.8 

1 129.9 47.2 16.55 61.4 22.32 7.83 

1.5 125.15 45.59 19.73 59.9 21.9 9.5 

2 121.14 44.26 22.41 58.1 21.5 10.5 

2.5 117.64 43.09 24.73 57 21.2 12.2 

3 114.53 42.05 26.81 56 20.9 13.3 

3.5 111.71 41.12 28.69 55.7 20.63 14.4 

4 109.14 40.26 30.41 55.24 20.38 15.39 

4.5 107.7 39.46 31.98 54.48 20.18 16.32 
 
 

 

Figure 4.2 Molar Flow of the Components Along The Beds 
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Figure 4.3 Mole Fraction of the Components Along the Beds 

 

4.1.3 Effect of Changes in Flow Rate on Nitrogen Conversion 

The performance of the reactor was tested for different values of syngas inlet flow 

rate and the values of the conversion were reported along the bed. The result of the 

model run as observed in figures below show that at very high flow rates the 

conversion of nitrogen is low and as the flow rate decrease the conversion becomes 

higher; this is because a high flow rate results in higher velocity for the same cross 

sectional area and hence lower residence time for the component to react over the 

catalyst bed and vice versa. 

Also very low flow rates result in low conversion because the amount of nitrogen 

and hydrogen available in the reaction space would be least and then lower 

reaction rate. There must be tradeoff between the velocity and the amount of 

component contained in the reactor. Also high flow rate contributes in the control 

of reactor temperature this can be noticed from Figure (4.4) at highest flow rate 

27000 kmol/hr the reaction is far from equilibrium.    
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Figure 4.4 The Effect of the Inlet Flow Rate on the Conversion 

 

 

4.1.4 Effect of Changes in Feed Pressure on Nitrogen Conversion 

Different values of pressure were applied to the model which results in a high 

conversion rate for high pressure value. 

The pressure of synthesis gas available is a function of overall ammonia plant load, 

activity of synthesis catalyst and the inert content in the synthesis loop. There can 

be constraints on the plant load due to any of the following reasons: 

1. Primary reformer limitations. 

2. Excessive pressure drop across any catalyst vessel or heat exchangers. 

3. Limitation on any of the moving equipments, boiler or exchangers. 

4. Highly fouled condition of cooling water exchangers. 

5. Feed stock limitation. 
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Table (4.5) conversion along beds for different values of initial pressure 

Reactor 
Length 

(m) 

N2 Conversion% 

90 bar 110 bar 130 bar 150 bar 

0 0 0 0 0 

0.5 5 5.59 6.07 6.5 

1 8.3 9.15 9.86 10.499 

1.5 10 11 12 13 

2 13.2 14.34 16 17.5 

2.5 16 17 19 20.5 

3 18 19 21 22.7 

3.5 19 20.6 22 23.4 

4 20 21.7 22.98 24.06 

4.5 20.5 22 23 24.5 

 

 

 

 Figure 4.5 The effect of the inlet pressure on the conversion 
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4.1.5 Effect of Input Ammonia Concentration on the Conversion 

 

As can be observed from next figures the conversion of nitrogen is decrease with 

the increase of the concentration of ammonia in the feed. It has been discussed 

earlier that the presence of reasonable amount of ammonia enhances the reversible 

reaction to produce nitrogen which reduce the conversion rate of nitrogen. The 

performance of the reactor has been tested for some values of initial concentration 

of ammonia and the corresponding values of nitrogen conversion were reported 

N2 Conversion% Reactor Length (m) 

NH3=5% NH3=3% NH3=2% NH3= 1% 

0 0 0 0 0 

5.5 6.142 6.628 7.19 0.5 

9.28 10.01 10.56 11.17 1 

10.2 11.4 12.5 13.25 1.5 

14.37 15.42 16 17.17 2 

17.59 18.32 19.1 20.23 2.5 

20.13 21.75 22.64 23.82 3 

21.91 22.8 23.73 24.72 3.5 

22.79 23.87 24.83 25.79 4 

23.2 24.21 25.38 26 4.5 
 

 

Figure 4.6 The Effect of Initial Ammonia Concentration on the Conversion 
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4.1.6  Temperature Change Along the Reactor  

Figure (4.7) illustrates the temperature changes along the beds. In first bed, as the 

ammonia concentration is low, the reaction rate is very high and the temperature 

increases along the bed while approaching equilibrium at its end (the slope of the 

curve is reduced along the bed). After first bed, gas is cooled down in internal heat 

exchanger causing that to get far from equilibrium. As it is observed in the Figure 

4.7, the gas approaches equilibrium at the end of third bed and the temperature 

change is low. 

Table (4.7) temperature change along beds 

Temperature (K) Reactor Length (m) 

539 0 

730 0.5 

793 1 

801 1.5 

560 1.5 

610 2 

660 2.5 

712 3 

730 3.5 

745 4 

748 4.5 
 

 

 Figure 4.7 Temperature Change Along the Bed 
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4.2 Fluidized Bed Results 

A two phase model of fluidized bed reactor has been generated for ammonia 

convertor in chapter Three. As can be noticed from Figure (4.8) the conversion is 

increases gradually by almost constant rate along the bed, the advantage of mass 

transfer between the bubble and emulsion phase and that the reaction occurs just in 

the emulsion phase don’t allow the concentration of ammonia in the reaction zone 

to increase and so reduce the rate of the reversible reaction and producing nitrogen. 

Also the good mixing of the fluidized bed contribute on the temperature control 

and hence the rate of reaction, so the curve is almost a line  

Table (4.8) Nitrogen Conversion Change along the Fluidized Bed Reactor  

N2 Conversion% Reactor Height (M) 

0 0 

7.78 0.5 

13.66 1 

18.73 1.5 

22.87 2 

26.79 2.5 

30.48 3 

33.96 3.5 

37.22 4 

40.26 4.5 
 

 
 Figure 4.8 Change of Nitrogen Conversion Along the Reactor 
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4.2.1 Mole Fraction of the Components Along the Reactor 

The mole fraction of nitrogen, hydrogen, and ammonia is also calculated from the 

initial amount of the component and the conversion of nitrogen and illustrated in 

Figure (4.9) below. 

Table (4.9) Change of Mole fractions along the Fluidized Bed Reactor 

Mole Fraction % Reactor Height 

(m) NH3 H2 N2 

2.45 74.2 25.7 0 

3.2 72.2 24 0.5 

5.47 70.26 23.34 1 

8.05 68.31 22.7 1.5 

10.61 66.37 22.04 2 

13.2 64.4 21.4 2.5 

15.66 62.55 20.7 3 

18.13 60.7 20.14 3.5 

20.5 58.86 19.53 4 

22.9 57.1 18.9 4.5 

 

 

 Figure 4.9 Change of Component Mole Fraction Along the Reactor 
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4.2.2 The Effect of Catalyst Particle Size on the Conversion 

Figure (4.10) below conclude the tests done accounting for catalyst particle size. 

Fixed bed use large sizes of catalyst particles (6 – 12 mm) to avoid excessive 

pressure drops in the reactor 
34

. The smaller sizes of particles in fluidized beds 

eliminate pore diffusion limitations associated with the use of larger particles and 

hence contribute in increasing the conversion. 

Table (4.10) Effect of Particle size on the Conversion 

N2 Conversion % Reactor Height  

(m) Dp=5mm Dp=1mm Dp= 0.5mm Dp= 0.05mm 

0 0 0 0 0 

1.47 5.45 7.692 9.86 0.5 

3.36 12.359 13.92 15.15 1 

5.29 17.123 18.64 19.814 1.5 

7.64 21.26 22.78 23.95 2 

10.57 25.17 26.69 27.87 2.5 

13.28 28.21 30.39 31.57 3 

16.77 32.35 33.87 35.04 3.5 

20.05 35.64 37.13 38.3 4 

23.122 38.66 40.18 41.35 4.5 
 

 

 Figure 4.10 The Effect of Particle Diameter on Conversion Along the Reactor  
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4.2.3 Effect of Mass Transfer Between the Bubble and Dense Phases 

It is well known that mixing tends to increase the conversion. Also, the bypass of a 

certain percentage to reactants through the bubble phase has negative effect on the 

conversion in fluidized bed reactors. The prediction of the behaviour of the 

fluidized bed catalytic reactor is quite complex and requires deep understanding of 

the flow of the gas through the bed, its dispersion and the interchange between the 

bubble and emulsion phases. 

Mass transfer between phases enhances the conversion of the forward reaction for 

the reversible reactions, the ammonia which transfer to the bubble phase cannot 

convert to nitrogen because the reaction occurs only in the dense phase. Figure 

(4.11) shows that the conversion obtained when components allow to transfer 

between beds (Kbd≠0) the conversion is 40.26%which is high percentage while 

when the mass transfer coefficient is set to 0 the conversion is only 31.36%. It can 

be concluded that the net effect of mass transfer between phases results in 

increasing the conversion. 

Table (4.11) The Effect of Mass Transfer Between Phases on the Conversion 

N2 Conversion % Reactor Height (m) 

Kbd=0 Kbd≠0  

0 0 0 

2.8735 7.78 0.5 

5.821 13.66 1 

9.82 18.73 1.5 

13.9 22.87 2 

17.88 26.79 2.5 

21.57 30.48 3 

25 33.96 3.5 

28.3 37.22 4 

31.36 40.26 4.5 
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 Figure 4.11 The Effect of Components Mass Transfer Between Phases  

  

4.2.4 The Effect of Bed Height to Diameter 

Figure (4.12) shows the effect of the height to diameter ratio on the nitrogen 

conversion. It 1s clear that this parameter has considerable effect on the 

conversion. The increase of the height to diameter ratio (by decreasing the bed 

diameter while keeping the total volume constant) decreases the gas flow in the 

emulsion phase, thereby increasing the bubble gas flow as shown in Figure (4.13). 

Since the reaction occurs mostly in the emulsion phase. The decrease of the gas 

flow has a negative impact on the conversion. Also, the increase of the bubble gas 

flow affects the conversion negatively: 

 By increasing bubble by passing. 

 By increasing the bubble size, increase the bubble velocity, decrease the 

residence time, and decrease the overall coefficient of the gas transfer 

between the bubble and emulsion phases. 

Table (4.12) The Effect of Height to Diameter on the Flow and Conversion 

N2 Conversion % Qb Qd L/D 

Kmol/hr 

50.83 235.3 823.19 1 

42.65 513.57 659.92 2 

40.18 730.2 558.9 3 
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0

5

10

15

20

25

30

35

40

45

0

5

10

15

20

25

30

35

40

45

0 0.5 1 1.5 2 2.5 3 3.5 4 4.5

N
it

ro
ge

n
 C

o
n

ve
rs

io
n

 %
 

 

Reactor Length (m) 

(Kbd)i ≠ 0 

(Kbd)i = 0



76 
 

 

 

Figure 4.12 Effect of Bed Height to Diameter Ratio on the Conversion  

 

 

 

 Figure 4.13 Gas Flow in the Bubble and Dense Phases  
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4.2.5 The Effect of Initial Pressure 

Table (4.13) and Figure (4.14) show the effect of the initial pressure on the 

nitrogen conversion. High value of pressure is needed for breaking the chemical 

bonds between the reactant atom, it is observed that at low pressure (90 bar) the 

conversion is 31.2% and it is increases as the pressure increase; the conversion is 

44.32% correspond to pressure (150 bar). 

Table (4.13) The Effect of Pressure on the Conversion 

N2 Conversion % Reactor Height 

(m) 
150 bar 130 bar 110 bar 90 bar 

0 0 0 0 0 

11.63 9.32 6.78 4.72 0.5 

19.21 15.12 12.66 9.23 1 

23.83 20.22 17.73 14.23 1.5 

27.73 24.12 21.87 18.62 2 

31.86 28.24 25.79 21.86 2.5 

35.27 32.4 29.48 25.18 3 

38.88 35.932 32.96 28.12 3.5 

42.29 39.28 35.22 30.03 4 

44.32 41.26 37.12 31.2 4.5 
 

 

Figure (4.14) The Effect of Pressure on the Conversion 
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4.3 The Result of Methanol Modeling in Fixed Bed Reactor 

The following results are based on the Khark petrochemical methanol unit with the 

industrial feed conditions and reactor specifications which developed in chapter 3. 

From the results in the following sections it can be noticed that the behavior of 

ammonia reaction and methanol reaction are almost same. 

To validate this model the temperature and the flow rate of methanol, carbon 

dioxide, and water at the exit of the reactor are compared with the industrial data. 

Table (4.14) Comparison between the Results of the Model and Industrial data 

 Industrial Value Model Calculated 

Value 

Difference % 

Exit Temperature (K) 528 524 0.76 

Molar Flow Rate (kmol/hr) 

CO2 660 705 6.8 

CH3OH 900 857 4.8 

H2O 713 660 7.4 

 

 

4.3.1 Conversion of H2 and CO2 Along the Reactor 

Table (4.15) and figure (4.15) illustrates the change of H2 and CO2 along the 

reactor, the increase of conversion is sharper at the inlet of the reactor compared 

with the increase at the end of the reactor where the temperature is higher and the 

reaction is closer to equilibrium.  

Table (4.15) Conversion Change Along the Reactor 

Reactor Length 

(m) 
0 0.5 1 1.5 2 2.5 3 3.5 4 4.5 

Conversion 

% 

CO2 0 10.7 18.91 27.61 35.61 40.95 45.12 48.2 49.85 51.08 

H2 0 3.38 6.326 8.9 11.12 13.38 15.79 16.93 17.64 17.8 
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Figure (4.15) conversion change along the reactor 

4.3.2 Molar Flow of the Components Along the Beds 

The molar flow rate of the main components is illustrated in Figure (4.15) and 

Table (4.16). It can be easily obtained from the initial flow rate and the conversion 

calculated in the above section. 

Table (4.16) Molar Flow Rate Along the Reactor 

Flow Rate (kmol/hr) Reactor 

Length (m) H2O CH3OH CO2 

0 142.2 1398.3 0 

128 270 1270 0.5 

240 382 1148 1 

337 479 1011 1.5 

422 584 926 2 

496 687 840 2.5 

580 769 790 3 

641 811 740 3.5 

654 841 715 4 

660 857 705 4.5 
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Figure (4.16) Molar Flow Rate Along the Reactor 
 

4.3.3 Temperature Change Along the Reactor  

Figure (4.17) and Table (4.17) illustrate the temperature changes along the reactor. 

At the inlet, as the methanol concentration is low, the reaction rate is very high and 

the temperature increases while approaching equilibrium at its end of the reactor. 

Table (4.7) Temperature Change Along Beds 

Temperature (K) Reactor Length (m) 

498 0 
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Figure (4.17) Temperature Change Along the Reactor 
 

4.3.4 Effect of Changes in the Feed Pressure 

Different values of pressure were applied to the model which results in a high 

methanol flow rate for high pressure value, however the limitations of applying 

high pressure which discussed in section 4.1.4 must be considered. Table (4.18) 

and Figure (4.18) show the flow rate of methanol according to different values of 

pressure. 

Table (4.18) Methanol Flow Rate for Different Values of Pressure 

CH3OH Flow Rate (Kmol/hr) Reactor Length 
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Table (4.18) Methanol Flow Rate For Different Values of Pressure 

 

4.3.5 Effect of Inlet Temperature 

The effect of the inlet gas temperature is tested based on the model and the results 

are shown in Figures (4.19), (4.20) and Table (4.19). 

At lower inlet temperature, the reaction is kinetically limited, while at higher 

temperature the thermodynamic equilibrium set the upper limits for the exit 

methanol flow rate. 

 

Figure (4.19) The Effect of the Inlet Temperature on The Methanol Flow Rate 
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Table (4.19) The Effect of the Inlet Temperature on the Methanol Flow Rate 

CH3OH Flow Rate (kmol/hr) Reactor Length 

(m) 
600 K 550 K 500 K 450 K 

142 142 142 142 0 

224 483 399 198 0.5 

315 650 593 243 1 

409 720 810 302 1.5 

518 800 1023 390 2 

640 910 1320 460 2.5 

779 1023 1492 503 3 

865 1093 1517 532 3.5 

872 1101 1535 586 4 

870 1110 1540 597 4.5 

 

 

Figure (4.20) Methanol Flow Rate for Different Values of Temperature 
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4.3.6 The Effect of H2 to CO2 

Figure (4.21) shows the results of the model for variation of (
  

   
) in the feed on 

molar flow rate of methanol. it can be seen from Figure (4.21) that with increase of 

(
  

   
)  in the feed, molar flow rate of methanol increases at first with sharp slope 

and finally in the ratio of 3 is maximum then decrease. According to the reaction 

stoichiometric, it can be observed that the modeling results are consistent with 

reaction stoichiometric so that the maximum production of methanol in the ratio 3 

to 1 of (
  

   
). Because the reaction is an equilibrium reaction, higher feed 

concentration goes to the product but it should be noticed that high concentration 

of    (high molar ratio of
  

   
) can reduce     and subsequently methanol 

production decrease. In addition, side reaction also takes place. Therefore if 
  

   
 

ratio in synthesis gas was 3, methanol production will be maximum. 

 

Figure (4.21) CH3OH flow Rate Against  
  

   
 Ratio 
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4.4 The Result of Methanol Modeling in Fluidized Bed Reactor 

A two phase model of fluidized bed reactor has been generated for methanol 

convertor in chapter 3. Figure (4.22) together with Table  (4.20) show the flow rate 

of the main component in the reaction, it will be noticed that the production of 

methanol is increase by 30% for the same conditions. 

Table (4.20) the flow rate of methanol synthesis components along the reactor 

Flow Rate (kmol/hr) Reactor Height 

(m) 
H2O CH3OH CO2 

0 142.2 1398.3 0 

243.7 412.7 1243.2 0.5 

419 627.8 1110.4 1 

587.8 789.9 952.5 1.5 

722.5 897.63 830.4 2 

825.8 965.4 678.7 2.5 

900.3 1021.13 547 3 

945.14 1060.21 402.1 3.5 

968.1 1093.89 345 4 

987.9 1114.1 302.3 4.5 
 

 

Figure (4.22) Methanol Flow Rate Along Fluidized Bed Reactor 
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4.4.1 Conversion of CO2 and H2 Along the Reactor 

The conversion is also improved from the fixed bed; the conversion of carbon 

dioxide at the exit of the fluidized bed is 75% against 51% for the fixed bed. 

Table (4.21) The Change of Conversion Along the Reactor 

Conversion % Reactor 

Height (m) CO2 H2 

0 0 0 

15.9 6.2 0.5 

26.7 10.8 1 

34.98 15.1 1.5 

43.07 17.47 2 

51.8 19.1 2.5 

59.7 20.64 3 

67.8 22.09 3.5 

73.3 23.68 4 

75.1 25.4 4.5 

 

 

 

Figure (4.23) The Change of Conversion Along the Reactor 
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4.4.2 The Effect of Catalyst Particle Size on the Conversion 

As discussed in section 4.2.2; the smaller sizes of particles in fluidized beds 

eliminate pore diffusion limitations associated with the use of larger particles and 

hence contribute in increasing the methanol production, Figure (4.24) and Table 

(4.22) show the flow rate of methanol for different particle size. 

Table (4.22) Effect of Particle Size on the Methanol Production 

CH3OH Flow Rate (kmol/hr) Reactor Height 

(m) Dp= 0.05mm Dp= 0.5mm Dp= 1mm Dp= 5mm 

142.2 142.2 142.2 142.2 0 

362.2 250.2 179.2 152.2 0.5 

512.7 390.02 300.8 210.9 1 

711.8 592.6 505.32 295.7 1.5 

875.9 749.3 650.02 412.8 2 

980.63 862.9 785.2 535.8 2.5 

1050.4 959.6 879.86 634.12 3 

1100.13 1005.98 925.8 704.97 3.5 

1140.21 1049.67 970.56 750.7 4 

1173.89 1069.98 995.3 784.3 4.5 
 

 

Figure (4.24) Effect of Particle Size on the Methanol Production 
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4.4.3 Effect of Mass Transfer Between the Bubble and Dense Phases 

Mass transfer between phases improves the methanol production flow rate for the 

reasons discussed in ammonia synthesis in fluidized bed. Table (4.23) and Figure 

(4.25) show that there is 40% increase in methanol flow rate with mass transfer 

between phases. 

Table (4.23) The Effect of Mass Transfer on Methanol Production 

CH3OH Flow Rate (kmol/hr) Reactor Height 

(m) (k bd)i ≠0 (kbd)i =0 

142.2 142.2 0 

412.7 212.7 0.5 

627.8 327.8 1 

789.9 439.9 1.5 

897.63 547.63 2 

965.4 645.4 2.5 

1021.13 721.13 3 

1060.21 760.21 3.5 

1093.89 773.89 4 

1114.1 794.1 4.5 

 

 

Figure (4.25) The Effect of Mass Transfer on Methanol Production 
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4.4.4 The Effect of Bed Height to Diameter 

The effect of the reactor dimensions is illustrated in Table (4.24) and Figure (4.26) 

below, as discussed in ammonia fluidized bed the dense phase flow rate is decrease 

with the increase of L/D ratio while the bubble phase increase which reduce the 

rate of reaction and hence the methanol production. 

Table (4.24) The Effect of Height to Diameter Ratio on Methanol Production. 

L/D Flow Rate (kmol/hr) 

Dense Phase Bubble Phase CH3OH 

1 33180 14220 1219.8 

2 24885 22898.8 974.7 

3 19908 29768.44 857.9 

4 17319.96 34256.86 763.48 

 

 

Figure (4.26) The Effect of Height to Diameter Ratio on Phases Flow Rate. 

 

10000

15000

20000

25000

30000

35000

10000

15000

20000

25000

30000

35000

40000

0.5 1.5 2.5 3.5 4.5

Fl
o

w
 R

at
e

 (
km

o
le

/h
r)

 

Reactor Hight to Diameter Ratio 

Bubble Phase

Dense Phase



90 
 

 

Figure (4.27) The Effect of Height to Diameter Ratio on Methanol Production. 

 

4.4.5 The Effect of Initial Pressure 

The flow rate of methanol is tested for different values of initial gas pressure Table 

(4.25) and Figure (4.28) show that the production is improved by increasing the 

pressure. 

Table (4.25) The Effect of Initial Pressure on Methanol Production 
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Figure (4.28) The Effect of Initial Pressure on Methanol Flow Rate 
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CHAPTER FIVE 

SIMULATION OF PROCESSES 

5.1 Introduction 

Simulation of chemical processes involving non ideal reactors is essential for 

process design, optimization. Control and scale up. Various industrial process 

simulation programs such as ASPEN PLUS, HYSYS, and CHEMCAD are 

available for chemical process simulation. Most of these programs are being 

developed based on the sequential modular approach. They contain only standard 

ideal reactors but provide no modular for non ideal reactors such as fluidized bed 

and fixed bed reactors. 

In this chapter the processes modeled in chapter three are simulated using  HYSYS 

according to the configuration of the reactor and the results of the simulation are 

compared to the industrial and model results. 

5.2 Simulation of Ammonia Synthesis in Kellogg Reactor 

The Kellogg synthesis reactor as described in chapter three with three beds. To 

control the temperature between first and second beds, Quench gas is used to 

control the inlet temperature of the second bed. The simulation of this process is 

illustrated in Figure (5.1) the first bed is simulated as plug flow reactor with the 

length of the fist bed and the diameter of the reactor and void fraction less than one 

accenting for the presence of the catalyst, then the properties of the used catalyst 

are insert and the rate of the reaction is also inserted. The outlet of the first bed is 

cooled by adding the quench gas in mixture. The second and third bed are 

considered as one plug flow reactor with the length of two beds, since there is no 

operation between them.   
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Figure (5.1) Simulation of Kellogg Ammonia Converter 

 

Figures (5.2) through (5.5) represent the result obtained from this simulation which 

is not far from the industrial and the model results.  

 

Figure (5.2) Temperature Change Along the First Bed 

Figures (5.2) and (5.3) illustrate the temperature profile in the first bed the 

temperature is increases with the reaction which tends to approach equilibrium at 

the end of the bed with temperature 430º C, the effluent of the first bed is cooled 

by adding the quench gas, then the inlet temperature to the second bed is about  

300 ºC. 
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Figure (5.3) Temperature change along the second and third beds 

 

Figure (5.4) Components Mole Fraction Along the First Bed 
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Figure (5.5) Components Mole Fraction Along the Second and Third Beds 

 

Table (5.1) Comparison Between the Industrial, Model and Simulation Values 

 

 

 

 

 Industrial Fixed bed Model Values Simulation  

Bed1 Bed2 Bed3 Bed1 Bed2 Bed3 Bed1 Bed2 Bed3 

Exit Temperature (K) 780 775 728 801 712 748 703 673 698 

Conversion % 15.78 25.55 28.91 15.2 24.8 26.79 14.4 23.16 26.03 
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5.3 Simulation of Methanol Synthesis in Khark Reactor 

 

The Khark methanol reactor as described in chapter three is a tubular reactor with 

ten tubes containing the catalyst. The reacting gas moves through the tubes while 

the shell contains water to cool the reactor and produce steam. Figure (5.6) 

represent the simulation of this reactor, a plug flow reactor with the length and the 

diameter of the reactor and void fraction less than one accounting for the presence 

of the tubes and catalyst. 

 

 
Figure (5.6) Simulation of Methanol Khark Reactor 

 

The temperature profile of methanol synthesis is illustrated in Figure (5.7). 

Because the reaction is exothermic reaction the temperature is increase with the 

progress of the reaction as noticed in Figure (5.7), at the end of the reactor the 

reaction approach equilibrium and there will be no more reaction and hence 

temperature, the temperature at the reactor outlet is about 251ºC. 

Figure (5.8) represents the molar flow profile for the main components in the 

reactor; methanol, carbon dioxide and water, the figure is also shows the 

thermodynamics limitation at the end of the reactor. 
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Figure (5.7) Temperature Change Along the Khark Methanol Reactor 
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Figure (5.8) Components Molar Flow Rate Along the Reactor 

 

Table (5.2) Comparison Between the Industrial, Model and Simulation Values 

 Industrial Value Model Calculated 

Value 

Simulation  

Exit Temperature (K) 528 524 524 

Molar Flow Rate (kmol/hr) 

CO2 620 705 730 

CH3OH 900 857 790 

H2O 713 660 630 
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5.40Simulation of Ammonia and Methanol Synthesis in Fluidized 

Bed Reactor 

The problem with fluidized bed reactors is that they do not correspond to any of 

the easily-modeled ideal reactors.  While most of the gas flows upward through the 

suspended particles, some passes through in bubbles with scant contact with any 

catalyst particles.  In addition, there is generally some circulation and turbulent 

back-mixing.  Since process simulators are not set up to model this. 

A fluidized bed reactor may be simulated as a plug flow reactor with a non-

reacting bypass stream to account for bubbles and circulation.   

A tee is used to split the inlet flow into two streams the first is the dense phase 

flow which is further inter the reactor and contact catalyst, the second stream is the 

bubble flow which will not react the outlet from the first reactor is also spitted 

using a tee to account for the mass transfer between the bubble and dense phases, a 

mixer is used at the of the process to mix the bubble and dense phase to form the 

output of the reactor. 

 

 
Figure (5.8) Simulation of fluidized bed reactor in HYSYS 
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Table (5.3) comparison between the model and simulation values of ammonia synthesis in 

fluidized bed reactor 

 
 

 

 

 

 

 

 

 

Table (5.4) comparison between the model and simulation values of methanol synthesis in 

fluidized bed reactor 
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 Model Values Simulation  

1.5 m 3 m 4.5 m 1.5 m 3 m 4.5 m 

Exit Temperature (K) 523 561 578 581 602 645 

Molar Fraction % 

   68.31 62.55 57.1 75.02 70.7 62.9 

   22.7 20.7 18.9 23.14 22.98 20.14 

    8.05 15.66 22.9 10.03 17.22 24.28 

 Model Values Simulation  

1.5 m 3 m 4.5 m 1.5 m 3 m 4.5 m 

Exit Temperature (K) 517 522 524 534 562 570 

Molar Flow Rate 

(kmol/hr) 

CH3OH 789.9 1021.13 1114.1 817 1103 1189 

CO2 952.5 547 302.3 905 512 287 

H2O 587.8 900.3 987.9 610 954 1017 
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CHAPTER SIX 

Conclusions and Recommendations 
  

6.1 Conclusions 

In this research, a mathematical model of the fixed bed reactor was developed in 

the ammonia and methanol industry. The reliability of the models was verified by 

comparing them with the industrial data. The results obtained from the models 

were deviated by an acceptable error 

The effect of operating factors on the ratio of conversion was tested, including 

pressure, temperature, flow rate, ammonia ratio in feed, and the optimum values of 

these factors were proposed. 

In another part of the research, models for the ammonia and methanol industry 

were proposed in fluidized reactors. Comparing their results with the results of the 

fixed bed reactors considering the same inputs of the flow rate, reactor dimensions, 

temperature and pressure, it was found that the production of ammonia and 

methanol in fluidized bed reactors is far higher than their production in fixed bed 

reactors 

In the production of ammonia in the fixed bed reactors, the nitrogen conversion 

was 26.76% while in the fluidized bed reactors, the conversion increased to 

40.26% at the end of the reactor, which reflected positively on the amount of 

ammonia produced. 

The effect of some factors on the performance of the reactor, such as pressure and 

temperature, the particle size and the ratio of the reactor diameter to high were also 

investigated. The most important factor affecting the production is the mass 

transfer between dense and bubble phase. In the presence of mass transfer the 

conversion of nitrogen was 40.26%. However in the hypothetical case of the 

absence of mass transfer the conversion declines to 31.36%. 
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In the production of methanol, the production rate in the fixed bed reactor was 857 

kmol /h, while its production in the fluidized bed reactor reached 1114. kmol /h at 

an increase of 30%. 

All the tests conducted in the ammonia industry have been applied to the methanol 

industry and to determine the optimal values for them 

Finally, the four processes were simulated using the HYSYS simulation program 

and the results were very close to the results of the models. 

It can be concluded that the production of ammonia and methanol in fluidized bed 

reactors yields higher production rates than fixed bed reactors. 
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6.2 Recommendations 

The following recommendations are made for possible future study. 

 Study of systems and apply temperature and pressure control system 

 Find alternative methods for simulating the fluidized bed reactors in HYSYS 

and other simulation programs 

 Develop two dimensional models for ammonia and methanol in fixed bed 

reactor and compare its results with the fluidized bed reactors. 

 Investigation of the insertion of distributors in fluidized bed reactor. 

 Incorporate a simulation package for fluidized bed reactor in HYSYS 

 Design and construct a pilot fluidized bed reactor, and compare its results 

with the results of the mathematical model. 
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1. MATLAB code for ammonia synthesis in fixed bed reactor 
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2.  MATLAB code for ammonia synthesis in fluidized bed reactor 
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3.  MATLAB code for methanol synthesis in fluidized bed reactor 
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4.  MATLAB code for methanol synthesis in fixed bed reactor 
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